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Abstract

The objective of this paper is to conceptually design a fuel processor system for a 5 kW proton electrolyte membrane fuel cell (PEMFC)
system for mobile and portable application. The first section describes the auto-thermal reformer (ATR) system while the second section
demonstrates the significance of the water gas shift (WGS) reaction in the system. Shortcut design methods are used for the process units
and the characterization curve for each unit is also presented. Kinetic parameters for steam reforming and WGS reactions are also shown.
The 5kW PEMFC requires about 0.08/min (3.74 mol/min) of H fuel at the fuel cell stack. The primary fuel source to the ATR system is
methanol 0.1 fYfmin (4 mol/min), which is fed together with steam and oxygen with the ratio of S/C af@ & 1.3:1 and 1:4, respectively.

The conceptual design indicates that if the mole ratio f00s 0.20-0.25, then the hydrogen selectivity is around 2.5-2.6 for complete
methanol. Steam is fed at excess condition in both units, ATR and WGS, to avoid reverse WGS reaction. The conceptual design also proved
the significance of WGS reaction in the reduction of CO produced in the ATR and indicated the importance of pressure to reduce the bulk
size of WGS reactor. Finally from the overall mass balance for fuel processor unit, the ATR product contaiB%oHCO: 2%, and CO

25%. The CO level is then further reduced to less than 2000 ppm after the WGS reactor. In addition, this paper also studied the performance
of preferential oxidation (PROX) in removing the CO and it was observed that the PROX could reduce the CO to less than 100 ppm and
performed better than WGS reaction in terms of water management. However, the main problem with PROX is to decide a good catalyst that
can give a good selectivity for CO oxidation rather than water formation.

© 2004 Elsevier B.V. All rights reserved.
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1. Introduction lems also occur in developing the required technologies. The
major obstacle of hydrogen as an energy carrier is the lack
The choice of fuel and fuel processing technology will of safe, efficient and cost effective hydrogen storage system.
be the fundamental factor in the success of fuel cells vehi- Currently the key issue is to provide hydrogen to the fuel cell.
cles. Linking fuel cell vehicle entry strategies with a specific There are two options: either to store it on board of the vehicle
alternative fuel with expensive infrastructure cost will ulti- or to produce the hydrogen on the vehicle by means of a fuel
mately create fuel cost burdens that exceed the cost targets foprocessor. To store the hydrogen at cryogenic temperature
fuel cell power plants themselves. Hydrogen is the lightest, results in high volumetric density, but the cost of cooling the
the simplest, abundant elements in nature and both produc-hydrogen and the loss of hydrogen by evaporation make this
tion and utilization of hydrogen can be emission-free. Apart mode only useful for special applications. In the near term,
from unquestionable advantages of hydrogen, several prob-for light-duty vehicles, the hydrogen would still be produced
on-board from conventional fuel (gasoline, methanol or cy-
* Corresponding author. Tel.: +389216422; fax: +389216148. clohexane), many experts considered methanol as an ideal
E-mail addressctie@vlsi.eng.ukm.my (S.K. Kamarudin). hydrogen carrier among the different alcohfds7].
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Nomenclature

Ao

pre-exponential factor
mol (min g cat kP&22)~1

concentration of componehn{mol/m®)

feed concentration of component (mof)m
activation energy (kJ/mol)

feed flow rate of componento ATR (mol/min)
feed flow rate of componemnto WGS

rate constant for reactions 1, 2 in ATH
(mol/kg cats)

rate constant equilibrium (mol/kg cats)
degree of reaction

pressure at inlet of WGS reactor (kPa)
pressure at inlet of ATR (kPa)

pressure after the ATR (kPa)

pressure after the WGS reactor (kPa)
molar flow rate after the ATR

molar flow rate after the WGS reactor
partial pressure of (i = CO, H,, CO,, H20)
(kPa)

pressure for recycle stream (kPa)

steam reforming rate (mol/kg cat s)
reaction rate for WGS reaction (mol/kg cat s)
ideal gas constant
(8.314kgn¥s2mol~1K-1)

molar flow rate for recycle stream (mol/min)
ratio of steam to methanol

ratio of steam to carbon monoxide
selectivity of H per mol methan® =in WGS
reactor (mol/kg cat s)

temperature at inlet of WGS react6Q)
temperature at inlet of ATR'C)

temperature after the ATRC)

temperature after the WGS reactdCy
temperature for recycle streafQ)

volume (cn?)

conversion for componemnii = M and CO)
mole fraction of componemti =H,, CO, CQ,
H,0, M)

Greek symbols

&

voidage of catalyst

&M varying volume or density
A ratio of CO:Q in PROX

0 density of catalyst (g/f)

v temperature changes
Subscripts

1,2 reactions 1 and 2

Cco carbon monoxide

CO,  carbon dioxide

F feed

Ho hydrogen

H>O water

M methanol

MO methanol at initial stage
0] oxygen

0,0  oxygen at initial stage
R recycle

S steam

SO steam at initial stage

Methanol, like hydrogen is also capable of delivering
power directly in fuel cell without the needs for reforming and
this clearly simplifies hardware and response characteristics.
Other alcohols, such as ethanol, ethylene glycol, propanol,
etc. have also been considered for use in a fuel cell, but un-
til now very few direct alcohol fuel cells (DAF(B], have
been demonstrated, the most advanced system being the di-
rect methanol fuel cell (DMFC[9-11]. Nevertheless, their
performances are still limited because of several problems
namely: (1) the low activity of the state of the art electro cat-
alysts, which can only be enhanced by increasing the oper-
ating temperature, (2) anode poisoning by strongly adsorbed
intermediates (mainly CO) formed during methanol oxida-
tion, (3) the high extent of methanol cross over through the
Nafior® type membranes, which depolarizes the air cathode,
and (4) the power density and efficiency are several times
lower than for hydrogen (or methanol reforming) system be-
cause a large fraction of the input methanol crosses over the
membrane and is oxidized at the cathode without producing
useful powen3]. Moreover, methanol has particular disad-
vantages, e.g. it is relatively toxic, inflammable with a low
boiling point (65°C), and it is neither a primary fuel nor a
renewable fudi8]. The design of a fuel processor is animpor-
tant technology for the deployment of PEMFCs. It produces
hydrogen-rich streams from hydrocarbons like methanol in a
multi-step process (fuel vaporizer, primary conversion reac-
tor that produces synthesis gas, water gas shift reaction and
CO clean-up reactor).

The purpose of this study is to conceptually design a fuel
processor for 5 kW mobile and portable PEMFC. The main
target is to produce the concentration of CO at less than
2000 ppm before entering the separation units. For a fuel
other than hydrogen, the sensitivity of the PEMFC to CO
requires the installation of at least two reformers at purifi-
cation stages. Here, we use ATR as the primary hydrogen
production and WGS reactor in series as secondary hydro-
gen production as well as primary CO clean-up units. This
paper will also show the overall system design and the rate
of reaction considering the volume expansion for both units,
which are always neglected by most of the researcher. Besides
that the authors will show the comparison between WGS and
PROX in removing the CO. Finally the authors will present
the selectivity of hydrogen for both systems and show the
overall material balance to determine the efficiency of the
system.
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Fig. 1. Schematic diagram of fuel processor unit.

Fig. 1shows the schematic diagram of the fuel processor CH3OH + 0.50, — CO; + 2H, + CO =1 (2)

unit proposed in this study. Beginning at the left-bottom, the he ratio of the three reactant n vary and is often ch
water stream is pumped to HE3 to generate a superheatedr € rafio of tne three reactants can vary and IS often cho-
sen such that the overall reaction is thermal-neutral or only

steam, while ambient air passed through an oxygen concen- SR s
trator to separate thes@rom N,. The fuel flow circuits begin modestly exothermic. It is observed that the stoichiometry of

at the fuel tank (methanol). From the tank, it is pumped to H20 and G effect significantly the moles of Hproduced.

HE1whereitis heated and vaporized. Itis then fed to the ATR Iﬂcrfeas;mg SIC mcre_?ﬁes thelttot?l ?rdnount of \.Nifr used in
where it reacts with the preheated air by HE2 and superheate& € Iuel processor, with a resuftant ol decrease in the concen-

steam to yield the raw reformate. The hot reformate is usedtr"’mo.n of (?£O.tl;)ue ctio t?at thg selecgpnhof thte f?id c;atlo IS
to superheat the ATR steam feed. It is then mixed with addi- veryimportantin order o produce a nigh purity of hydrogen

tional steam and fed to the WGS reactor. The fuel gas from with necessary heat supply for the endothermic SR process

WGS will go to the separation units for further treatment on by exothermic POX.

the CO and hydrogen purification. 2.1. Hydrogen selectivity

Calculation of hydrogen selectivity is presented as below
dCwm

In principle, there are three types of reforming pro- dr
cesses: (1) partial oxidation (POX), (2) auto-thermal reform- _@
ing (ATR), and (3) steam reforming (SR). Hydrogen pro- dr
duced from the SR process (a highly endothermic reaction) gcg
requires a large amount of enerfgy6,12,13] while the POX ~ ——5~ = ~7s=n 5)
of methanol is an exothermal step produces water that of- - L
fers compactness, fast start-up and rapid responses, is a coThUS' from the stoiciometrics, it is known that
reactant in the SR reaction. Thus, conceptually, coupling thery = 3r1 + 2r2 = 3rm — 2ro, = rs + 2ry (6)
POX and SR (POX-SR) in a single reaction unit so-called an
auto-thermal reforming (stand-alone-reactor) could yield an CH, = 3CmoXm — 2C0,0X0, = CsoXs+ 2CmoXm  (7)
energetically self-sufficient system for the production ef H
[5,7,12,14-17] The ATR involves in the production of H
from methanol and steam while co-feeding with oxygen can
be represented in the following reactions:

2. Auto-thermal reformer
=—rm=r1+r2 3)

= —ro, = 0.5r2 (4)

The selectivity of hydroger§, v is given by Eq(8) assum-
ing the partial oxidation reaction is extremely f§&8] and
all the oxygen is consumed in the initial stage of the reaction:

C M,
St = i = (3- 252 ) ®)

CH3OH + Hy0 — COp + 3Hp = 1y 1) CmoXwmo Xmo
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whereMo = Co,0/Cwmo, is the ratio of initial concentration
of oxygen to methanoKyo the mole fraction of methanol in
the feed flow and’y, is the concentration of #

The selectivity of hydrogen for S/C is given as

MsXs

X, t2 ©)

SHa/M =

where the initial ratio concentration of steam to methanol,

Ms = Cso/Cwmo, Xs and Xy are the mole fraction of steam
and methanol in the flow.

2.2. Reactor design

3. Water gas shift reaction

The other step of processing is water gas shift reaction
(WGS). The reaction is given as below

CO+ Hy0 & CO, + Ha (16)

The carbon monoxide in the presence of steam will be
converted to carbon dioxide and hydrogen. This reaction
is exothermic and thermodynamically favoured at lower
temperatures. WGS provides primary CO clean-up as well
as secondary Hproduction. A target CO conversion of

90-95% in the WGS unit would translate into a CO level

of 30000-100 000 ppm being reduced to 1000-10 000 ppm

Cu-based is used as a catalyst in the design calculation 817,20} The kinetic reaction for WGS is taken as bel18]

it is active for the simultaneous reactions of steam reforming

and partial oxidation. The design of the reactor volume is ;. . (mol/g cats)
based on the methanol steam reforming reaction, as the partial

oxidation reaction is extremely fast. The volume of catalytic
plug flow reactor obtained from the material balance is given

by [22]:

Fwvo Xwm dx

—50000
RT >PCOPH20XEq\NGs a7

=225F — 3 exp(

where the pressure are in kPa, and

= — (20) P P
p(l—¢)) o FATR Edues=1— Peo, P (18)
_ KeqwasPcoPH,0
Here,Fno is the feed flow rate of methangs, the catalyst
density,s the voidage of catalyst andrg is the rate of reac-  with
tion for methanol in ATR. Assuming the pressure is constant 30876
in the ATR during th_e reactlo_n and considering the varying- Keqwos = 9.543E — 3 exp( ) (19)
volume, e (or varying density), the temperature changes RT

from Tg to T gives the volumeY of ATR is linearly related
to the conversion of methanaot,, or

V = Vo(1+ ey Xm) (;0) (11)

The kinetic rate of ATR is expected as below

—ratR = k1CMC22CEZ (12)

with Cy = Cwo((2 — Xm)/(1 + enm)), andyr = T/Tg than Eq.

(12) can be rewritten in term d@yp as

(1 — Xm)(Ms — Xw)>>(Mo — X)*®
Y1+ ey X))t

—ratR = k1Cpib”
(13)

where the rate constart, = Age (Ea/RT) E, the activation
energy and\g the pre-exponential factor.

Substituting Eqs(10)—(13) the volume of ATR is ex-
pected as

F
Vo _ MO
vp(l — e)ka
/‘X (L+evXm)' e
0 Chd(1 — Xm)(Ms — Xm)*>(Mo — Xp)02°

(15)

The volume for WGS reactor with recycle stream can be
expressed as below

F XcorF
V=(R+1)—2 - (20)
p(L—¢)) (rR/(R+1)xck TATR
Fcoo
V=(R+1)
(R+1) p(L — £)[2.25E — 3e~(50000RT) pc Py, 0xEq]
XcoF
y / _ & (21)
(R/(R+1)Xcr  TWGS

whereR is referred to recycle strearfcog the feed flow
rate of CO to WGSp the catalyst density the voidage of
catalyst andyygs is the rate of reaction in WGS reactor.

4. Overall material

The overall material balance for a fuel processor unitis as
depictured irFig. 2

The primary fuel source to ATR is methanol combines
with water and oxygen to produce hydrogen, carbon dioxide
and carbon monoxide. Referring to E@¢4) and (5) let n;
andny = degree of first and second reaction, respectively.
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The mass balance for methanol:

Fv = Xwm(ny +n2) = Fs — ys PG + 2Fo, =

The mass balance for steam:

Fs = Xmn1 + ysPg

The mass balance for oxygen:

Fo, = 0.5Xmn2 = 0.5Xm(Fm — Fs + ysPg)

The mass balance for hydrogen:

Py = Xm(Bn1 + 2n2) = FmXmSH

The mass balance for carbon dioxide:

Pco,=n1+np=Fu =

The mass balance for carbon monoxide:

Pco = 0.2Pco,

Hydrogen Selectivity

With that the total product gas from ATR:
28yFs+ Py

F’co Pe —
G = (28)
IS:{CO SH(5yH — 4(1 - yco, — yco))
H20
Fy For WGS reaction, the mass balance is referred to( E).
)F(f'oz and assumed no reverse WGS reaction occurs at excess steam
p:..zysx, condition. With that lehs = degree of reaction.
P’ The mass balance for CO:
™
Peatalyst Pco = yco,pPe + yco rRg — Xcona
_ _ = yco.rPc + ycorRg + Ps — F§ (29)
Fig. 2. Design parameters for ATR and WGS.
The mass balance for steam:
Ps = F§ — Xconz = ys p F¢ (30)
P The mass balance fora4
H
22
XMSH (22) P, = Xconz + yH.pPc + yH.rRG
= F§ — ys,pFg + yH.pPc + yH.rRG (31)
The mass balance for GO
/
= Fm — 2Fo, + (1 = yH, — yco, — yco) Pe (23)  fco, = Xcons+ yeo,.p P + yeo, rRa
= F§ — ys,p F& + yH.p PG + yH.rRG (32)
(24) The total product gas at the outlet of WGS:
4
FI+ P Rg — P/
F{;’ _ f'sTIHPlG + YH,RRG H (33)
ys.pr
(25)
5. Result and discussion
Py Fig. 3is plotted based on E¢8) and the ratio of Q/C is
Xo S (26) found to be between 0.20 and 0.25 for complete conversion
of methanol. The hydrogen selectivity at this point is around
2.5-2.6. Similar method was used to obtain for S/C as given
in Eq.(9) andFig. 4. FromFig. 4, the minimum value for S/C
(27) is taken as 0.5 to yield a 2.5-2.6 of hydrogen. However, steam
2.8
2.7
2.6
2.5 \\
2.4 \\
2.3 \k\
2.2 \k\
X th=0.99
2.1 \>i
) Xmeth=0.9 \
| ~
1.90.1 0.15 0.2 0.25 0.3 0.35 0.4 0.45 0.5

Oxygen/Methanol

Fig. 3. The hydrogen selectivity for different oxygen/methanol ratio.



12 S.K. Kamarudin et al. / Chemical Engineering Journal 104 (2004) 7-17
3
2.9
>
g 2.8
8
® 2.7 I
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\iv
2.5 Xmeth=0.9 \\
2.4
0.1 0.15 0.2 0.25 0.3 0.35 0.4 0.45 0.5

Steam/Methanol

Fig. 4. The hydrogen selectivity for different steam/methanol ratio.

is fed in excess into the system in order to avoid the reverseapplications, as this will require a large volume (more than
WGS reaction and inhibit the CO production. With that the 2000 cn?) of reactor and a large amount of catalyst.

overall reaction for ATR in this study is taken as below FromFig. 7, it was observed that for temperature higher

than 220°C, the operating pressure did not significantly affect

CH3OH + 0.5H20 + 0.250; — 2.5H; + CO, + (CO) the volume of ATR reactor; however, for lower operating
(34) temperature the volume of reactor decreased exponentially

as the pressure increased up to 10 bar. Nevertheless, the latter

Taking the activation energf, and pre-exponential factor, is not recommended for mobile and portable applications of
Ao as 100.9 kJ/mol and 1.9 10'?mol (min g cat kP&??)~1 fuel cell system. Therefore, ambient pressure is best used
[19], respectively, with a 100% conversion of methanol, as the operating pressure. Besides that, ffog 8, it can
Figs. 5 and @re plotted. Two different flow rates of methanol be concluded that the ratio ofMeOH in the feed neither
are considered in this study, that is at 6 and 4 mol/min. From affect the reactor volume.

Figs. 5 and 6it observed that the optimum operating temper- Fig. 9is plotted based on Eg&l7)—(21) FromFig. 9, itis
ature falls at the range of 220-2%0. Although, at higher ~ observed that the CO equilibrium in WGS is very dependent
temperature, the rate of reaction is high, the production of CO on temperature and the ratio of S/CO. As a result, lower op-
is also rapid18]. However, an operating temperature lower erating temperature conditions and higher amount of water
than 220°C alsois not suitable neither for mobile and portable steam favour C@over CO, which are desired and inhibit the

12000
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Wocat (gram)
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0.00025
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\ \ 400002 %
Fmet = 4 mol/min g
o
=<
4 °
0.00015 g
AJ s
L
°
+0.0001 §
Optimum Operating E
Temperature 2
: 1 0.00005 &
:
T ; » 0
180 200 220 240 260 280 300
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Fig. 5. The reaction rate and the amount of catalyst required for different operating temperature.
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900
800
700 \
3} \
@ 600 ~—
L \
E 500 — 220C
— \
z |
> 400 [~ —
o |
= — | 235C
s 300 I
% 00 250C
100
0
100 200 300 400 500 600 700 800 900 1000
pressure, kPa
Fig. 7. The effect of pressure to the volume of ATR at different temperature.
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Fig. 9. The equilibrium of CO vs. the ratio of steam/CO, temperature and pressure.

reverse WGS reaction to occur. However, this will end-up CO: 2%, and C@. 25%. WhileFig. 11shows the changes
with a large unit of WGS reactor. Hence, pressure plays an of Hz, CO, CQ in terms of mole fraction (dry basis) before
important role in the WGS reactor design so as to overcome and after the WGS. It is observed that the hydrogen recovery
the problem. As can been seenFiy. 9, the volume of the after the WGS is only about 0.3-0.6% but the mole fraction
reactor reduces with pressure increment. Moreover, the COof CO is found to decrease from 2% to about 0.2%. Although
formation also decreases at high operating pressure. this is a very small drop but it is very significant in the PEM-
The hydrogen consumption in the fuel cell stack is taken FCs system because the concentration of CO reduces from
as 10001/h of hydrogen for every power output of 1&kW 20000 ppm (after the reformer) to less than 2000 ppm (after
[5]. With that the total hydrogen required at the stack the WGS) assuming no reverse WGS reaction occurs due to
for a power output of 5kW is calculated as 0.08min the excess steam. However, if CO is being produced thermo-
(3.74 mol/min). Taking the primary fuel source to the ATR dynamically by the reverse water gas shift reaction, it will
system as 0.1A&min (4 mol/min) which is fed together only be in the range of 20-50 ppf@0,21] As a result, it
with steam and oxygen with the ratio for,8:MeOH and denied the acquisition by 4,17,18] that the WGS was not
02:MeOH at 1.3:1 and 1:4 respectivefigs. 10 and 1hre needed in the fuel processor as one of the CO clean-up sys-
plotted. tems. Although the main problem in WGS process is the low
Finally from the overall mass balance, as the result from temperature of catalyst activity and expected to be the largest
Fig. 10 the products from ATR are determined as: A3%, component in the system, but this paper proves that WGS

80
70 L
H2
60 |
50 |
]
(=]
£
S 40 |
g
[
& 30 L co2
20 |
MeOH
10 b
co
0 —

0.5 0.6 0.7 0.8 0.9 1

Conversion Of Methanol

Fig. 10. The percentage ofHCO, and CO (dry basis) produced from ATR.
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Fig. 11. Mole fraction of H, CO and CQ (dry basis) before and after WGS reactor.

reaction is very important in PEMFC unit as secondary hy- Taking the selectivity of Eq35)as 0.4 and 100% conversion
drogen source and primary CO clean-up unit. Furthermore, of CO, the results for PROX are illustratedtigs. 12 and 13
the conceptual design also proves that pressure can be used In Fig. 12 it is observed that the production of CO is
as a control parameter to reduce the size of the WGS reactorinversely proportional to the ratio of COOA in PROX.
Besides that comparison is also made for a preferential This concludes that the production of CO is very dependent
oxidation (PROX) to replace the WGS reaction as a secondon the value of.. While Fig. 13 shows the comparison of
alternative. The preferential oxidation reactor is used to elim- the output stream of WGS reactor and PROX as alternatives
inate the CO from the ATR. It uses pure oxygeninthe process1 and 2, respectively. As a result, it can be seen that the

with the following reaction: PROX performs better than WGS reactor in terms of water
and CO production in outlet stream. However, the flow rate
CO+ 02— CO, (35) of hydrogen decreases from 10.4 to 9.92 mol/min in PROX

at) =2.5. Whereby in WGS reactor, it increases from 10.4 to
Unfortunately, the selectivity of the catalyst will not avoid 10.65 mol/min. Due to that, the feed flow rate of MeOH to the
the combustion of some hydrogen in the gas stream with the ATR is expected to be slightly higher for PROX than WGS

following reaction[23,24} reaction. However, the main advantage of PROX is from the
water management point of view whereby it produces less
H, + 0.50, — H>0 (36) water in the system while WGS reactor produces at about
12.00
mH2 MWCO §H20
10.00 |—
£ 800 |—]
E
S
E 600 ||
2
g
5
2 400
2.00 —| —

A=1.0 A=1.5 A=2.0 A=2.5
The ratio Of CO:Oxygen

Fig. 12. The ratio of CO:g for different flow rate in PROX.
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lect a good catalyst that can yield a good selectivity for CO
oxidation reaction, due to the fact that the catalyst is so ex-
pensive.
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